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Fluidized-bed reactors are widely used in the biofuel industry for combustion, pyrol-
ysis, and gasification processes. In this work, a lab-scale fluidized-bed reactor without
and with side-gas injection and filled with 500–600 lm glass beads is simulated using
the computational fluid dynamics (CFD) code Fluent 6.3, and the results are compared
to experimental data obtained using pressure measurements and 3D X-ray computed
tomography. An initial grid-dependence CFD study is carried out using 2D simula-
tions, and it is shown that a 4-mm grid resolution is sufficient to capture the time- and
spatial-averaged local gas holdup in the lab-scale reactor. Full 3D simulations are
then compared with the experimental data on 2D vertical slices through the fluidized
bed. Both the experiments and CFD simulations without side-gas injection show that
in the cross section of the fluidized bed there are two large off-center symmetric
regions in which the gas holdup is larger than in the center of the fluidized bed. The
3D simulations using the Syamlal-O’Brien and Gidaspow drag models predict well the
local gas holdup variation throughout the entire fluidized bed when compared to the
experimental data. In comparison, simulations with the Wen-Yu drag model generally
over predict the local gas holdup. The agreement between experiments and simulations
with side-gas injection is generally good, where the side-gas injection simulates the
immediate volatilization of biomass. However, the effect of the side-gas injection
extends further into the fluidized bed in the experiments as compared to the simula-
tions. Overall the simulations under predict the gas dispersion rate above the side-gas
injector. VVC 2009 American Institute of Chemical Engineers AIChE J, 56: 1434–1446, 2010

Keywords: biofuel processing, fluidized-bed reactor, gas holdup, multiphase flow,
tomography

Introduction

Fluidized beds are commonly used by the chemical, min-
eral, pharmaceutical, and energy industries because of low
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pressure drops, uniform temperature distributions, and high
energy- and mass-transfer rates. In the biofuel industry, flu-
idized-bed reactors are central components for combustion,
pyrolysis, and gasification processes. The local gas holdup
(or solids voidage) distribution in the fluidized bed is an
extremely important parameter in practical systems, deter-
mining the uniform mass and energy distributions and gasifi-
cation efficiency. Because of the rapid time scales associated
with the fluidization dynamics, time-averaged (as opposed
to instantaneous) data are often more meaningful than tran-
sient data in the design of commercial-scale fluidized-bed
reactors.

Because the bed material (solid phase) is typically opaque
in gas–solid systems, it is difficult to obtain detailed local
data (either instantaneous or time-averaged) for the entire
bed. As fluidization is a dynamic process, invasive monitor-
ing methods can influence the internal flow, thereby reducing
the reliability of the measurements. Currently, noninvasive
monitoring techniques are the methods-of-choice when
investigating fluidized beds. The available techniques include
electrical capacitance tomography, ultrasonic computed to-
mography, gamma densitometry tomography, X-ray fluoros-
copy (radiography/stereography), and X-ray computed to-
mography (see Heindel et al.1 for details). Franka et al.2

used X-ray computed tomography (CT) and radiography to
analyze differences in biofuel-related materials for fluidized
beds operating under three different gas flow rates. The CT
images showed that glass beads fluidized much more uni-
formly compared to melamine and ground corncob beds.
However, crushed walnut shells fluidized more uniformly as
the gas flow rate increased.

Design of commercial-scale fluidized-bed reactors tradi-
tionally depends on pilot-scale experiments, which are ex-
pensive, often difficult to setup, and time consuming. Thus,
there has been an increasing use of computational fluid dy-
namics (CFD) to complement industrial design of fluidized-
bed reactors. Nevertheless, the situation is complex when-
ever multiphase flows are involved because transport equa-
tions for mass, momentum, and turbulence properties have to
be solved for each phase. A few researchers, summarized by
Cui et al.,3 have attempted to study biofuel-related process
characteristics in fluidized-bed reactors using CFD and some
progress has been made, focusing on terminal settling veloc-
ities, minimum fluidization and fluidizability, and the resi-
dence time of biomass particles. Most CFD simulations of
fluidized beds in the literature are two-dimensional (2D),
mostly due to a lack of the computer resources needed for
grid-independent 3D simulations. Even with today’s
advanced computational facilities, 3D simulations are still
expensive as the equations have to be integrated using small
time steps over long periods to compute time averages of
the inherently chaotic and transient fluidization process.

To save computing time, some past studies have compared
2D vs. 3D simulations. Peirano et al.4 performed numerical
simulations of a rectangular bubbling fluidized bed using
ESTET/ASTRID. Numerical results were compared to exper-
imental values for the power spectra of pressure fluctuations,
bed height, and probability density function of particle vol-
ume fraction. Cammarate et al.5 also validated the bubbling
behavior predicted by 2D and 3D simulations of a rectangu-
lar fluidized bed using CFX4.4. Bed expansion, bubble

holdup and bubble size calculated from 2D and 3D simula-
tions were compared with predictions obtained from Darton
et al.6 In almost all cases, a more realistic physical behavior
of fluidization was obtained using 3D simulations. Both Peir-
ano et al.4 and Cammarate et al.5 concluded that 3D simula-
tions are preferred, except maybe in cases where the flow is
by nature two-dimensional. Xie et al.7 investigated bubbling,
slugging and turbulent regimes in 2D and 3D simulations for
both cylindrical and rectangular domains using the numerical
code Multiphase Flow with Interphase eXchanges (MFIX).
The results demonstrated that a 2D Cartesian grid could be
used to successfully simulate and predict a bubbling regime.
However, caution must be exercised when using 2D Carte-
sian coordinates for other fluidized regimes. Papadikis et al.8

calculated the forces exerted on the particles in fluidized
beds as well as the velocity components in 2D and 3D simu-
lations using Fluent 6.2. It was shown that the hydrodynam-
ics of the bed changed significantly from the 2D to 3D simu-
lations. The bubbles in 3D were formed close to the gas inlet
of the reactor compared with the 2D case. The 3D simula-
tions were also more accurate with respect to heat, mass and
momentum transport. Moreover, in many biofuel processing
applications, the fluidized-bed reactors have side-gas injec-
tion in order to feed the biomass into the reactor, for which
3D simulations are required. It is thus important to under-
stand how well the full 3D CFD simulations predict the fluid
dynamics of fluidized-bed reactors with geometry and oper-
ating conditions representative of biofuel processing (e.g.,
polydisperse solids with different sizes and densities).

The long-term goal of our research is to find a systematic
method for the design of commercial-scale fluidized-bed
reactors using CFD simulations validated using lab-scale ex-
perimental techniques. The use of X-ray computed tomogra-
phy to quantitatively obtain the local time-averaged gas
holdup in the lab-scale fluidized-bed reactors is a key com-
ponent. In this work, experimental validation of local gas-
holdup predictions from grid-independent CFD simulations
using Fluent 6.3 are reported for a bubbling fluidized bed
with and without side-gas injection. Both quantitative and
qualitative local gas holdup distributions calculated using 3D
X-ray flow visualization measurements are compared to the
CFD predictions. Simulation results using three different
drag models (Syamlal-O’Brien, Gidaspow, Wen-Yu) are
compared in order to determine which model is best suited
for fluidized-bed simulations. The overall study is useful in
understanding how gas holdup is distributed throughout a
fluidized bed under different operating conditions (e.g., with
and without side-gas injection). Furthermore, the study estab-
lishes the minimal requirements (e.g., grid resolution, drag
model, model parameters) for setting up CFD simulations
that could be used to design commercial-scale fluidized-bed
reactors for biofuel processing.

Experimental Setup

Fluidized-bed reactor

The lab-scale fluidized-bed reactor, shown in Figure 1,
was fabricated from three 152 mm ID acrylic tube sections
with 12.7-mm-thick acrylic flange plates attached to
each end. The three sections measure 150 mm, 300 mm, and
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640 mm in length, respectively, for the plenum, reactor, and
freeboard chambers. Between the plenum and bed chamber
is a 1.2-mm-thick stainless steel perforated aeration plate
containing one hundred and thirty 1-mm-diameter holes that
are approximately equally spaced in concentric rings to
ensure homogeneous gas distribution and a low pressure
drop. The aeration plate has an open area ratio of 0.57%.
Air is introduced into the system by a single inlet in the bot-
tom of the plenum. The air travels through the marble-filled
plenum and is dispersed evenly over the bottom of the aera-
tion plate. Rubber gaskets are placed between each flange,
sealing the various components and forcing all gas to flow
directly through the bed and out the top. A pressure tap in
the bottom of the plenum holds a transducer connected to a
data acquisition card to record inlet pressure. A second tap
on the side of the fluidized bed 25 mm above the aeration
plate is used for side-gas injection. Compressed air was used
as the operating gas in all experiments.

The bed material was composed of 500–600-lm-diameter
glass beads, Geldart Group B, due to their excellent fluidiza-
tion properties. The key features of these particles are rapid
deaeration when the gas is shut off, large bubbles, and inter-
mediate solids mixing. Gas and solid properties of the fluid-
ized bed used in the experiments and CFD simulations are
listed on Table 1.

Pressure drop and minimum fluidization velocity

The minimum fluidization velocity, Umf, is one of the
most important fundamental parameters in fluidization. Umf

is a complex function of particle properties/geometry, fluid
properties, and bed geometry, and may be calculated from
literature correlations.9,10 Typically, the correlations predict
Umf within ��25%, and it is generally best to measure Umf

experimentally whenever possible11; this is the approach
adopted in this work.

The onset of fluidization occurs when the drag force by
upward moving gas equals the weight of the particles.
Hence, Umf is defined as the point where the pressure drop
across the bed stops increasing linearly with gas velocity and
remains constant. In a bed at the onset of fluidization, the
voidage is somewhat larger than in a packed bed, and
actually corresponds to the loosest state of packing. Figure 2
gives detailed data of pressure drop vs. superficial gas veloc-
ity for nine experimental data sets for our fluidized-bed reac-
tor. For our reactor, Umf is equal to 0.195 m/s with no side-
gas injection. In this work, all results (experimental and
computational) are obtained with the fluidized bed operating
at Ug ¼ 2Umf ¼ 0.39 m/s.

X-ray system

Iowa State University’s XFloViz facility, shown in Figure
3, is used in this work to image the fluidized bed and has
been described in detail elsewhere.1,12 Thus, only a brief
overview will be presented here. Two LORAD LPX200
portable X-ray tubes provide the X-rays. Current and voltage
can be adjusted from 0.1 to 10.0 mA and 10 to 200 kV,

Table 1. Bed Material Properties

Properties Units Values

Solid–glass beads
Particle Diameter lm 500–600
Particle Density kg/m3 2600
Particle Sphericity – 1
Coefficient of Restitution – 0.9
Static Bed Height mm 152
Angle of internal friction – 30�
Packing Limit – 0.63
Friction Packing Limit – 0.61
Initial Solid Volume Fraction – 0.575

Gas–pressured air
Density kg/m3 2.417
Viscosity N s/m2 1.8 � 10�5

Figure 1. Schematic of the lab-scale fluidized-bed
reactor.

Figure 2. Experimental pressure drop reading for a
bubbling fluidized bed.

[Color figure can be viewed in the online issue, which is
available at www.interscience.wiley.com.]
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respectively, with a maximum power of 900 W. Low energy
radiation is suppressed by two 1-mm-thick copper filters and
one aluminum filter placed directly in front of the X-ray
sources.

Located opposite each X-ray source is an X-ray detector/
CCD camera pair. The CsI phosphor screen and CCD cam-
era in Figure 3 was used to acquire the CT data because of
its high spatial resolution. This camera is located opposite
one of the sources, shown in Figure 3, and is connected to a
square 440 � 440 mm cesium-iodide (CsI) scintillator
screen, which transforms radiation into visible light. A
50 mm Nikon lens captures images, which are digitized by
an Apogee Alta U9 system. This system has 3072 � 2048
pixels and is thermoelectrically cooled to allow long expo-
sure times. Usually, an exposure time of one second with 4
� 4 binning is chosen to minimize acquisition time while
maintaining the signal strength. The detector system and
source pair are located on a 1.0 m ID rotation ring that can
rotate 360� around the fluidized bed.

Data from the CCD cameras are acquired by software
developed by Iowa State University’s Center for Nondestruc-
tive Evaluation (CNDE) and a personal computer with 4 GB
of RAM. The software allows for camera control, as well as
motion control for the rotation ring. Images acquired by the
CCD camera with the CsI screen are normalized for pixel
nonuniformity (linearization) and corrected for beam harden-
ing. These corrections are performed using custom algo-
rithms. Volumetric reconstruction of the CT images is per-
formed using CNDE’s 64-node LINUX cluster using a fil-
tered back projection algorithm. Additional details of the X-
ray imaging system are provided by Heindel at al.1

Gas holdup analysis method

Gas holdup is calculated using three different CTs: the
dynamic fluidized bed operating under the desired condi-
tions, a static bed, and an empty bed. Theoretically, local
gas holdup (eg) is determined by knowing the local X-ray
attenuation for the dynamic fluidized bed (A), an individual
particle (Ap), and the gas (Ag). As attenuation is proportional
to CT intensity, the local gas holdup can be calculated at

each individual CT voxel (3D pixel) position. Each dynamic
fluidized bed CT (I), particle (Ip), and gas (Ig) voxel is
assigned a value representing the local intensity at that posi-
tion. Hence, eg is determined by

eg ¼ A� Ap

Ag � Ap

¼ I � Ip
Ig � Ip

(1)

The CT intensity for a single particle cannot be determined
due to the small size of each particle. However, by
manipulating the bulk-phase gas holdup equation, the CT
intensity for a static (bulk) bed of particles (Ib) can be
substituted instead. In this case, the void fraction for the bulk
material (eg,b) can be calculated from CT intensities of the
static (bulk) bed:

egb ¼ Ib � Ip
Ig � Ip

(2)

For a homogenous granular material, the void fraction of the
bulk material is assumed constant, and is defined by

egb ¼ 1� qb
qp

(3)

where qb is the bulk density (experimentally determined) and
qp is the particle density for the bed material (provided by the
supplier). Substituting and rearranging Eq. 1 and 2 yields the
local gas holdup:

eg ¼ I � Ib þ ðIg � IÞegb
Ig � Ib

(4)

In the configuration for this study, the CT images have a voxel
size of �0.6 � 0.6 � 0.6 mm3. Because of the time-averaged
data, the spatial resolution in the dynamic region of the
fluidized bed is difficult to quantify, but for static objects, we
have been able to resolve objects on the order of 2 mm.
Because of the nature of X-rays, it is expected that a
comparable resolution will be obtained in the time-averaged
images of the dynamic region. Estimated absolute uncertainty
in the local gas holdup values is �0.04. This is a worst-case
estimate where most of the data fall within an absolute gas
holdup value of �0.02.

CFD modeling

CFD simulations of the lab-scale fluidized-bed reactor are
carried out with Fluent 6.3 on the High Performance Com-
puting (HPC) machines at Iowa State University. CFD uses
numerical methods to solve partial differential equations that
model the fluid dynamics. In general, CFD can be applied to
reactive, multiphase, laminar, and turbulent flows. In this
work, governing equations for mass, momentum, and energy
for each phase (gas and solid) are solved within a geometri-
cal domain that corresponds to the lab-scale fluidized-bed re-
actor used in the experiments.

Computational grid

A Cartesian coordinate system is used for grid generation,
where hexahedral elements are formed for the 3D geometry

Figure 3. X-ray imaging facility.

[Color figure can be viewed in the online issue, which is
available at www.interscience.wiley.com.]
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and quadrilateral elements for the 2D geometry. Grid genera-
tion specifics are shown in Table 2. Note that for the 2D
simulations we carried out a grid-refinement study by vary-
ing the grid size by factors of two for four different grids: 8
� 8 mm2, 4 � 4 mm2, 2 � 2 mm2, and 1 � 1 mm2, respec-
tively. For the grid-refinement study, a square mesh was
used because uniform and regularly structured grids provide
quick convergence with minimal numerical errors. The grid
sizes shown for the 3D cases are approximate (since the grid
cells are not square) and equal to sample values at the height
of the side injection. A sample 2D grid and 3D grid with
side-gas injection are shown in Figure 4. In the 2D grid, X is
the radial coordinate and Y is the axial coordinate. In the 3D
grid, the X and Y directions are along the horizontal cross
section of the reactor and the Z direction is along the height
of the reactor. In the Z direction, the grid size varied from
4 mm at the bottom to 6 mm at the top. The center of the
base of the reactor is considered the origin and the reactor
walls are located 76 mm from the origin with a height of
304 mm. For the 3D grid, Y ¼ 0 and X ¼ 0 represents a
plane cut through the origin and corresponds to experimental
X-Z and Y-Z slices of a CT image. This information is use-
ful in understanding the results, which can be compared with
the experimental data qualitatively and quantitatively.

When side-gas injection is simulated, the injection-port di-
ameter is set to 11 mm with an open area of 95 mm2. The
distance between the center of the side-gas injection port
and the aeration plate is 30 mm. To obtain better meshes,
the cross section of the side-gas injector is represented by a
rectangle. The same 3D mesh is used in cases with and with-
out side-gas injection. The location of the side-gas injection
is shown in Figure 4b by the four gray-sided rectangles.
Also, because of meshing constraints, it was difficult to
model exactly the aeration plate containing one hundred and
thirty 1-mm-diameter holes used in the experiments. Hence,
a uniform inlet gas velocity distribution was used in all
simulations.

Multiphase model

There are two approaches for CFD modeling of gas–solid
flows: the Euler-Lagrange model13–18 and the Euler-Euler
model.5,7,8,16,17,19–24 Using the Euler-Lagrange model, trajec-
tories of individual particles are tracked by solving the equa-
tions of motion, whereas the gas phase is modeled using an
Eulerian framework. As a consequence, the Euler-Lagrange
model requires large computational resources for large sys-
tems of particles (such as the one used in our experiments).
With the Euler-Euler model, the base assumption is that the
gas and solid phases are interpenetrating continua. Therefore,
the Euler-Euler model derived from the kinetic theory of

granular flows (KTGF)25 is the more commonly used CFD
model to predict the dynamic behavior of dense fluidized-
bed reactors.

In the Euler-Euler approach, the different phases are
treated mathematically as interpenetrating continua. As the
volume of a phase cannot be occupied by the other phases,
the concept of phase volume fraction is introduced. These
volume fractions are assumed to be continuous functions of
space and time and their sum is equal to one. Conservation
equations for mass and momentum for each phase are
derived using the KTGF for inelastic spherical particles to
obtain a set of partial differential equations. The relevant
equations in Fluent 6.3 for the Euler-Euler model for dense
gas-particle flows are listed in Table 3.

Consistent with the experiments, in our simulations mass
transfer between the phases and external body (except grav-
ity) forces are set to zero. Likewise, due to the density dif-
ference between the solid particles and the gas phase, lift
and virtual mass forces are assumed to be negligible in the
momentum equations. For granular flows in the compressible
regime (i.e., where the solids volume fraction is less than its
maximum allowed value), a solids pressure (different from
the fluid-phase) is calculated independently and used for the
pressure gradient term, rps, in the granular-phase momen-
tum equation. The solids pressure due to particle collisions
is calculated using the equation from Lun et al.26 The radial
distribution function of Lun et al.26 takes into account the
probability of particles colliding with each other when the
granular phase becomes densely packed.

In our simulations, the transfer of forces between the fluid
and solid phases is described by one of the empirical drag

Figure 4. Schematic of grid. (a) 2D-8. (b) 3D with side-
gas injection.

[Color figure can be viewed in the online issue, which is
available at www.interscience.wiley.com.]

Table 2. Grid Sizes for the 2D and 3D Simulations

Dimensions Name X (mm) Y (mm) Z (mm) Cell Number Node Number

2D 2D-8 8 8 – 19 � 38 ¼ 722 780
2D-4 4 4 – 2888 3003
2D-2 2 2 – 11,552 11,781
2D-1 1 1 – 46,208 46,665

3D 3D-bottom 4 4 4–6 59,400 62,883
3D-side 4.38 4.38 5.42 59,400 62,883
3D-4 4 4 4–6 59,400 62,883
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laws proposed by Syamlal,27 Gidaspow,21 and Wen and
Yu.10 The solids stress tensor contains shear and bulk viscos-
ities arising from particle momentum exchange due to trans-
lation and collision. A frictional component of the viscosity
can also be included to account for the viscous-plastic transi-
tion that occurs when particles of a solid phase reach the
maximum solids volume fraction. The collisional and kinetic
parts, and the optional frictional part, are added to give the
solids shear viscosity. The collisional viscosity is calculated
using the equation from Gidaspow.21 It is assumed that the
angle of internal friction does not influence the results signif-
icantly since, for a gas–solid system, van Wachem et al.17

concluded that the choice of solid stress models or radial

distribution functions do not have a significant impact on the
results. The kinetic part of the granular viscosity and the
granular conductivity are both obtained from relationships
proposed by Syamlal et al.28 The expression of Schaeffer29

is used for frictional viscosity, with an angle of internal fric-
tion of 30�. The solids bulk viscosity accounts for the resist-
ance of the granular particles to compression and expansion
and has the form proposed by Lun et al.26 The frictional
stress is added to the stress predicted by the kinetic theory
when the solids volume fraction is high. In this work the
frictional stress is based on the KTGF.

The granular temperature for the solids phase is propor-
tional to the kinetic energy of the random motion of the

Table 3. Model Equations for the Euler-Euler Model in Fluent 6.3

Contents Equation

Gas-phase continuity @
@t egqg
� �þr � egqgmg

� � ¼ 0

Solid-phase continuity @
@t esqsð Þ þ r � esqsmsð Þ ¼ 0

Gas-phase momentum @
@t egqgmg
� �þr egqgmgmg

� � ¼ �egrpg þr � sg þ egqpgþ Ksg ms � mg
� �

Solid-phase momentum @
@t esqsmsð Þ þ r esqsmsmsð Þ ¼ �esrpg �rps þr � ss þ esqsgþ Kgs mg � ms

� �
Solid pressure (Lun et al.) ps ¼ esqshs þ 2qs (1 þ ess) e2shsg0,ss

Radial distribution function
(Lun et al.) g0;ss ¼ 1� es

es;max

� �1=3
" #�1

Viscous stress tensor sp ¼ eplp rmp þrmTp

� �
þ ep kp � 2

3
lp

8: 9;r � mpI; p ¼ g; s

Solid-phase Reynolds number
Res ¼

qgds
��ms � mg

��
lg

Syamlal-O’Brien drag model

Ksg ¼
3esegqg
4m2r;sds

0:63þ 4:8ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
Res=mr;s

p
8>>>:

9>>>;2
Res
mr;s

8>>: 9>>;��ms � mg
��

mr;s ¼ 0:5 e4:14g � 0:06Res þ
ffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffiffi
ð0:06ResÞ2 þ 0:12Resð2B� e4:14g Þ þ e8:28g

q� �
eg � 0:85;B ¼ 0:8e1:28g

eg [ 0:85;B ¼ e2:65g

Gidaspow drag model
Ksg ¼ 150

esð1� egÞlg
egd2s

þ 1:75
qges
ds

��ms � mg
��; eg � 0:8

Ksg ¼
3esegqg
4ds

24

egRes
1þ 0:15ðegResÞ0:687
h i8>>: 9>>;e�2:65

g

��ms � mg
��; eg > 0:8

Wen-Yu drag model
Ksg ¼

3esegqg
4ds

24

egRes
1þ 0:15ðegResÞ0:687
h i8>>: 9>>;e�2:65

g

��ms � mg
��

Solid shear viscosity
ls ¼ ls,col þ ls,kin þ ls,fr

Collisional viscosity ls;col ¼ 4
5
esqsdsg0;ssð1þ essÞ hs

p

8: 9;1
2

Kinetic viscosity (Syamlal et al.) ls;kin ¼ esdsqs
ffiffiffiffiffi
hsp

p
6ð3�essÞ 1þ 2

5
ð1þ essÞð3ess � 1Þesg0;ss

	 

Frictional viscosity (Shaeffer) ls;fr ¼

ps sin/ffiffiffiffiffiffi
I2D

2
p

Solid bulk viscosity (Lun et al.) ks ¼ 4
3
esqsdsg0;ssð1þ essÞ hs

p

8: 9;1
2

Granular temperature 3

2

@

@t
ðqseshsÞ þ r � ðqsesmshsÞ

� �
¼ �psI þ ss

� �
: rms þr � khsrhsð Þ � chs þ Ugs

chs ¼
12 1� e2ss
� �

g0;ss

ds
ffiffiffi
p

p qsa
2
sh

3=2
s ;/gs ¼ �3Kgshs
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particles. Here the algebraic formulation is used, in which
the convection and diffusive terms of the transport equation
derived from KTGF28 are neglected. Note that the use of a
single particle temperature (as opposed to a full second-order
model such as the one proposed by Simonin23) will be valid
for highly collisional granular flows where the particle veloc-
ity distribution remains close to the Maxwellian form.
Because of the relatively high solids volume fraction in our
fluidized-bed reactor, the solids phase should be highly colli-
sional.

Numerical methodology

The time step for the simulations is calculated based on
the convective Courant-Friedrichs-Levy (CFL) condition,
which depends on the ratio of the grid size and maximum
velocity in the flow domain. For the results reported below,

the time step is set in the range of 10�3 to 10�4 s, depending
on simulation conditions. The numerical convergence crite-
rion (as defined in Fluent 6.3) is set to 10�4. Second-order
discretization schemes are used for the spatial and temporal
derivatives. Simulations were performed from t ¼ 0 to 70 s.
Statistics are not saved from the calculations for t \ 10 s to
make sure the initial transients die down. Since the experi-
mental data are time-averaged, all comparisons will be based
on time-averaged simulation results that span 10–70 s. The
simulation model parameters are listed in Table 4. To deter-
mine the sensitivity of the simulation results to the various
model parameters, a large series of simulations were run for
the (Geldart B) particle characteristic used in the experi-
ments. In general, it was found that the quantities that could
be measured experimentally (and hence were available for
model validation) were insensitive to most model parame-
ters, except the form of the drag model. Thus, we report
only the results from the drag model study below.

Results and Discussion

Grid-independence study

An initial simulation study using 2D grids with increasing
resolution was carried out in order to determine the grid size
required for grid-independent simulations for our fluidized
bed composed of Geldart B particles. The four different
grids described in Table 2 (2D-8, 2D-4, 2D-2, and 2D-1)
were used to discretize the 2D flow domain into square cells
and then the results were compared. In the bubbling bed
region, experimental measurements (i.e., Figure 2) reveal a
constant bed pressure drop of �2160 Pa. All 2D and 3D
simulations at Ug ¼ 2Umf predict a bed pressure drop
between 2140 Pa and 2180 Pa. These results show that the
predicted and experimental pressure drop for a bubbling flu-
idized bed are approximately equal. Moreover, as discussed
below, the bed height, which is known30 to be very sensitive
to the grid resolution and to 2D vs. 3D simulations, is in
good agreement with the experimental measurements. These
observations provide confidence that the gross bed behavior
is modeled correctly.

Figure 5 shows contour plots of the time-averaged gas
holdup in a 2D fluidized bed operating at Ug ¼ 2Umf. The
gas velocity distribution at the gas inlet was uniform for all
grids. The overall bulk time-averaged gas holdup

Table 4. Simulation Model Parameters in Fluent 6.3

Description Value Comment

Pressure-based solver 2ddp, 3ddp Double-Precision
Unsteady formulation Second order implicit
Time steps 10�4 to 10�3 s Specified
Maximum number

of iterations
50 Specified

Data sampling for
time statistics

10 Sampling interval

Operating pressure 1 atm Specified
Operating density 2.417 kg/m3 Gas-phase density
Gravitational

acceleration
9.81 m/s2 Gravitation

Inlet boundary
conditions

0.39 m/s Superficial gas velocity

Inlet of side-gas injection 7.446 m/s Normal to boundary
Outlet boundary

conditions
Outflow Fully developed flow

Wall boundary for
gas-phase

No slip Specified momentum

Wall boundary for
solid-phase

0 Pa Specified shear stress

Convergence criteria 10�4 Specified
Pressure-velocity

coupling
SIMPLE Phase-coupled

Momentum
discretization

Second-order
upwind

Volume fraction
discretization

QUICK

Figure 5. Time-averaged gas holdup in a glass bead fluidized bed in simulations.

(a) 2D-8. (b) 2D-4. (c) 2D-2. (d) 2D-1. [Color figure can be viewed in the online issue, which is available at www.interscience.wiley.
com.]
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distributions showed no substantial changes among the dif-
ferent 2D grids. Quantitative time-averaged local gas holdup
predictions using the four different grids are compared to the
experimental results in Figure 6. Figure 6a is the time-aver-
aged gas holdup at a horizontal level of Z ¼ 0.5D, where
the horizontal positions at �76 mm correspond to the bed
walls. There are two regions in the cylindrical geometry, di-
vided by �38 mm: the core region and wall regions. The
errorbar in Figure 6a represents an absolute gas holdup error
of �0.02, which is typical of most data. The error bar is pro-
vided only for one data point to avoid confusion in the plot,
but the error magnitude should be applied to all experimental
data.

For comparison, experimental values for the 3D fluidized
bed were obtained along mutually perpendicular rays at
specified Z heights (i.e., from the X-Z and Y-Z CT slices).
The local fluctuations in the experimental data are due, pri-
marily, to experimental noise. Additionally, the narrow gas
holdup range for the vertical axis accentuates the local fluc-
tuations. In comparison to the experimental data, for all grids
the gas holdup is generally over predicted slightly in the
core region, but under predicted in the wall region. The
results do not improve by further decreasing the grid size
(perhaps due to the 2D vs. 3D representation used in the
simulations).

Figure 6b is the time-averaged and horizontal-slice-aver-
aged gas holdup along the height of the fluidized bed for the
CFD simulations. The experimental data come from CT
slice-averaged data at the given height. Again, the error bar
represents typical experimental error ranges associated with
the experimental data. Three zones are identified: the
aeration zone (Z ¼ 0–38 mm), the fluidized zone (Z ¼ 38–
152 mm), and the surface zone in the upper portion of the
bed. The experimental gas holdup just above the distributor
is smaller due to the effect of the plate, where gas jetting is
observed and not all holes are active. Because of the uniform
inlet profile used in the CFD simulations, no jetting phenom-
ena are predicted with CFD.

In general, the 2D-1 grid gives the best overall agreement
with the experimental data, while the 2D-4 and 2D-2 grids
give better results in the upper portion of the bed. Based on

a detailed analysis of the local time-averaged and time- and
spatial-averaged gas holdup throughout the fluidized bed, it
is concluded that the 4-mm grid provides a good compro-
mise between computational accuracy and expense and is
sufficient for simulating the fluidized-bed reactor used in our
work. This conclusion is consistent with the findings of Par-
mentier et al.30 who showed that fluidized-bed simulations
are relatively insensitive to grid resolution for Geldart B par-
ticles. Hence, an �4-mm grid is recommended for 3D simu-
lations of the plant-scale fluidized-bed reactor for the operat-
ing conditions used in this work. Note, however, that the
required grid resolution will depend on the physics of the
problem and, for example, a finer grid would be required for
Geldart Group A/B or A particles in order to predict the cor-
rect bed height.30,31

Drag model study

Using the �4-mm grid (Table 2), 3D simulations using
the drag models of Syamlal-O’Brien, Gidaspow, and Wen-
Yu were compared in detail with the experimental data. Fig-
ure 7 shows selected contour plots of the time-averaged gas
holdup in the fluidized bed operating at Ug ¼ 2Umf , com-
paring CFD results using different drag models with the
experiment data at mutually perpendicular X-Z and Y-Z sli-
ces. Comparing the experimental CT images in Figure 7, the
X-Z and Y-Z slices show local variations near the aeration
plate, particularly the presence of jetting near active aeration
holes. The holes are oriented in a ring shape centered on the
aeration plate, making it difficult to experimentally obtain
axisymmetric inlet conditions in the X-Z and Y-Z slices.
This is because CT images are reconstructed using a rectan-
gular Cartesian coordinate system. Therefore, data can only
be extracted on cross sections through the center of the reac-
tor when h ¼ 0� and 90� unless extensive data analysis is
completed. Gas holdup in the Y-Z slice is larger in the right-
hand side of the image than other regions of the bed, yet is
approximately uniform throughout in the X-Z slice. This
may result from the side-gas injection port modifying the
local experimental boundary condition on the bed wall.
Although the side-gas injector port is sealed, there are some

Figure 6. Local gas holdup in 2D simulations and 3D experiments.

(a) Time-averaged values at horizontal level Z ¼ 0.5D. (b) Time- and spatial-averaged values along the height of bed. The error bar in
each figure is typical of all experimental data. [Color figure can be viewed in the online issue, which is available at www.interscience.
wiley.com.]
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pressure differences causing the gas to circulate somewhat in
the vicinity of the injector hole.

In the cross section of the fluidized bed, there are two
large solids circulation zones in both the experiments and
simulations, as shown in Figure 7. These are almost symmet-
ric in the CFD simulations. The solids are forced by the gas
phase to move upwards and concentrate in the middle of the
fluidized bed, where there is a relatively small quantity of
gas. Therefore, the gas holdup is smaller in the core region.
After the gas carries the solids to the top of fluidized bed, it
jets out and the solids are then circulated back down along
the walls. Some bubbling gas is formed in the two circula-
tion zones. Therefore, gas holdup is larger near the edge of
the wall region (�38 mm) where the results found with the
Wen-Yu drag model are qualitatively larger than the results
from the Syamlal-O’Brien and Gidaspow drag models. The

abrupt change in gas holdup near the top of the bed in the
Wen-Yu simulations is higher than in the experiments and
the other CFD simulations.

Quantitative local gas holdup comparisons between CFD
simulations with the three drag models and experimental
data are shown in Figure 8. The simulations under predict
the experimental data in the wall region using the Syamlal-
O’Brien drag model, as shown in Figure 8a. The simulations
with the Gidaspow drag model also give good predictions in
the core region compared with experimental data. The simu-
lations with the Wen-Yu drag model predict much larger
values in the core region without improving the predictions
in the wall region. The value of time-averaged gas holdup in
the core region is in the range 0.44–0.46, 0.46–0.48, and
0.49–0.51, respectively, for three drag models, compared
with the experimental value of 0.44–0.53. The value in the

Figure 8. Local gas holdup in 3D simulations with different drag models compared to the experiments.

(a) Time-averaged values at horizontal level Z ¼ 0.5D. (b) Time-averaged and spatial-averaged values along the height of bed. The error bar
in each figure is typical of all experimental data. [Color figure can be viewed in the online issue, which is available at www.interscience.
wiley.com.]

Figure 7. Time-averaged local gas holdup values.

(a) EXP X-Z. (b) Syamlal-O’Brien X-Z. (c) Gidaspow X-Z. (d) Wen-Yu X-Z. (e) EXP. Y-Z. (f) Syamlal-O’Brien Y-Z. (g) Gidaspow
Y-Z. (h) Wen-Yu Y-Z. [Color figure can be viewed in the online issue, which is available at www.interscience.wiley.com.]
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wall region is in the range 0.41–0.48, 0.41–0.49, and 0.43–
0.52, respectively, for the three drag models, and 0.48–0.58
in the experiments. The differences between the three CFD
simulations are caused by the drag force. The results of
the fluid-solid exchange coefficient Ksg are about 8200,
8900, and 11,000 in the fluidized region (eg � 0.5) for the
Syamlal-O’Brien, Gidaspow, and Wen-Yu drag models,
respectively. So the choice of drag models has a profound
influence on the CFD simulation results of the fluidized beds.

Figure 8b gives the time- and spatial-averaged gas holdup
values along the bed height. The predicted gas holdup results
from the Syamlal-O’Brien (�0.46) and Gidaspow (�0.47)
drag models are closer to the experimental measurements

(�0.46) than those of the Wen-Yu drag model (�0.48) in the
aeration zone. In comparison, in the fluidized zone the value is
about 0.46, 0.47, and 0.47, respectively, for the three drag
models, and about 0.50 for the experiments. Although the
Wen-Yu drag model largely over predicts the gas holdup in
the core region and under predicts it in the wall region (Figure
8a), this model shows better averaged predictions in the fluid-
ized zone. Simulations with the Syamlal-O’Brien and
Gidaspow drag models better predict the gas holdup variation
throughout the bed height and in the transition region from the
bulk bed to the freeboard. The height of the fluidized bed is
over predicted by the Wen-Yu drag model, which is appropri-
ate for dilute systems (eg [ 0.8). Overall, the simulations with

Figure 9. Time-averaged local gas holdup values in a glass bead fluidized bed with side-gas injection operating at
Ug 5 2Umf with Qs 5 0.2Qmf.

(a) EXP X-Z. (b) CFD X-Z. (c) EXP Y-Z. (d) CFD Y-Z. [Color figure can be viewed in the online issue, which is available at www.
interscience.wiley.com.]

Figure 10. Time-averaged local gas holdup values operating at Ug 5 2Umf with Qs 5 0.2Qmf.

(a) Z ¼ 0.25D. (b) Z ¼ 0.5D. (c) Z ¼ 0.75D. (d) Z ¼ 1.0D. The error bar in each figure is typical of all experimental data. [Color figure
can be viewed in the online issue, which is available at www.interscience.wiley.com.]
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the Syamlal-O’Brien and Gidaspow drag models yield better
gas holdup predictions of the local gas holdup distribution
throughout the fluidized bed.

Side-gas injection

The 3D CFD simulations were used to predict the gas
holdup in the fluidized bed with side-gas injection that simu-
lates the immediate volatilization of biomass. In all cases,
the side-gas volumetric flow rate Qs was set equal to 0.2Qmf

¼ 730 cm3/s, where Qmf is the volumetric flow rate for mini-
mum fluidization. The other operating conditions and mate-
rial properties are the same as before. The Syamlal-O’Brien
drag model was used for all side-gas simulations.

Figure 9 compares contour plots of the simulated time-
averaged gas holdup within the fluidized bed operating at Ug

¼ 2Umf with Qs ¼ 0.2Qmf with X-Z and Y-Z slice experi-
mental data. It can be seen from Figure 9 that the side-gas
injection causes obvious asymmetry throughout the entire
fluidized bed. In Figure 9c, a region of relatively high gas
holdup is observed directly above the injection port. The
overall fluidized-bed dynamics are strongly influenced by
side-gas injection. With side-gas injection, a path of high
gas holdup extends from the injection port to the bed sur-
face. This region of high gas holdup gradually expands into
the bed as it rises, indicating that horizontal gas dispersion
increases with axial height. However, the CFD simulations
do not exactly predict the gas dispersion rate. As shown in
Figure 9d, the extent of side-gas dispersion with height is
under predicted. The side-gas injection does not break up the
bulk circulation regions throughout the fluidized bed; rather
its effect is limited to the region near the wall. Side-gas
injection also produces a nonuniform average bed height
above the injection port. The highest average bed height
occurs near the wall, directly above the injection port.

Quantitative local gas holdup comparisons between simu-
lations and experimental data at different horizontal levels
are shown in Figure 10. The horizontal level Z ¼ 0.25D is
just above the side-gas injection port, where the maximum
gas holdup is above 0.9. In this region, the simulations cap-
ture the effect of side-gas injection and quantitatively agree

with the experimental data. As seen in Figures 10b–d, the
injected gas expands further into the bed along the axial
height from one-quarter to one-half of the bed diameter,
where the maximum gas holdup in the Y-Z slice decreases
to about 0.72 and 0.68 for the experiments and simulations,
respectively. In comparison, the X-Z slice gas holdup ranges
between about 0.44–0.62 experimentally and 0.44–0.52 com-
putationally throughout the rest of the fluidized bed because
side-gas injection has little influence in regions away from
the injection port, which remain somewhat symmetric.

Velocity field

Figure 11 compares the simulated time-averaged velocity
field of the glass beads in the fluidized bed operating at Ug

¼ 2Umf without and with side-gas injection at Qs ¼ 0.2Qmf

on the Y-Z slice in a 3D simulation using the Syamlal-
O’Brien drag model. It can be seen from Figure 11a that
there are two large circulation zones in the fluidized bed and
each occupies nearly half of the bed. When the air is
injected from the side port, the circulation zone on the injec-
tion side is changed completely, as shown in Figure 11b.
The velocity of the glass beads without side-gas injection
(Figure 11a) move downwards along the walls, but move
upward along the wall with side-gas injection. In contrast,
with side-gas injection the circulation zone on the opposite
side of the bed is hardly affected.

Conclusions

CFD simulations using the Euler-Euler model in Fluent
6.3 for a lab-scale bubbling fluidized bed containing Geldart
Group B particles have been validated using experimental
local time-averaged gas holdup data. Simulation results in
2D are used to determine the required grid resolution (4 �
4 mm2) for grid-independent predictions of the local gas
holdup data. 3D simulations using three different drag mod-
els with or without side-gas injection are then compared to
experimental data. Results from this study are useful for
understanding how the local time-averaged gas holdup varies
in the fluidized bed, and how well the CFD model captures
the experimentally observed gas holdup distribution. Further-
more, because it establishes the CFD model parameters
needed to accurately capture the local gas holdup, the simu-
lation results will be useful for the design of commercial-
scale fluidized-bed reactors for biofuel processing.

The experimental procedure using X-ray CT is demon-
strated to be a good noninvasive technique for obtaining
detailed local time-averaged gas holdup information in an
opaque fluidized-bed reactor. The experimental results show
that the cross section of the fluidized bed contains two large
symmetric regions in which the time-average gas holdup is
larger than in the middle of the fluidized bed. This experi-
mental observation is well predicted by the CFD model.
Overall, the CFD simulations with the Syamlal-O’Brien and
Gidaspow drag models yield good predictions for the gas
holdup throughout the fluidized bed, compared with the ex-
perimental data. In comparison, the gas holdup in the CFD
simulations with the Wen-Yu drag model is generally over
predicted. With side-gas injection, the injected gas penetrates
further into the fluidized bed in the experiments as compared

Figure 11. Time-averaged velocity field in a glass bead
bed from 3D simulations in a Y-Z slice (a)
without side-gas injection and (b) with side-
gas injection.

[Color figure can be viewed in the online issue, which is
available at www.interscience.wiley.com.]
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to the CFD predictions. Nevertheless, because the side-gas
injection has little effect on the overall gas holdup, the CFD
predictions away from the injection port are in good agree-
ment with the experiments.
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Notation

A ¼ X-ray attenuation of the dynamic fluidized bed
Ag ¼ X-ray attenuation of the gas
Ap ¼ X-ray attenuation of the individual particle
Ar ¼ Archimedes number
ds ¼ particle diameter, m
ess ¼ coefficient of restitution for particle collisions
g ¼ gravitational acceleration, m/s2

g0,ss ¼ radial distribution coefficient
I ¼ intensity of the dynamic fluidized bed
Ib ¼ intensity of a static (bulk) bed of particles
Ig ¼ intensity of the gas
Ip ¼ intensity of an individual particle

I ¼ stress tensor
I2D ¼ second invariant of the deviatoric stress tensor
Kgs ¼ coefficient for the interphase force, kg/(m3 s)
khs ¼ diffusion coefficient for granular energy
Pg ¼ pressure in gas phase, Pa
Ps ¼ pressure in solid phase, Pa

Qmf ¼ gas flow rate, m3/s
Qs ¼ side-gas flow rate, m3/s
Res ¼ Reynolds number for the solid phase
Ug ¼ superficial gas velocity, m/s
Umf ¼ minimum fluidization velocity, m/s
vg ¼ velocity for the gas phase, m/s
vr,s ¼ terminal velocity for the solid phase, m/s
vs ¼ velocity for the solid phase, m/s

Greek letters

eg ¼ volume fraction of the gas phase
eg,b ¼ volume fraction of the bulk material
es ¼ volume fraction of the solid phase

es,max ¼ maximum volume fraction of the solid phase
hs ¼ granular temperature, m2/s2

ks ¼ solids bulk viscosity, Pa s
lg ¼ gas shear viscosity, Pa s
ls ¼ solids shear viscosity, Pa s

ls,fr ¼ frictional viscosity for solid phase, Pa s
ls,kin ¼ kinetic viscosity for solid phase, Pa s
ls,col ¼ collisional viscosity for solid phase, Pa s

qg ¼ density of the gas phase, kg/m3

qs ¼ density of the solid phase, kg/m3

sg ¼ gas-phase stress tensor, Pa
ss ¼ solid-phase stress tensor, Pa
chs ¼ collisional dissipation of energy, kg/(s3 m)
/ ¼ angle of internal friction, deg

Ugs ¼ transfer rate of kinetic energy, kg/(s3 m)
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